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A B S T R A C T   

Fluidized bed biomass gasification is a complex process whereby gas source terms are released by reactions at the 
particle level during the movement of fuel particles throughout the reactor. The current study presents for the 
first time the application of a multi-scale modelling approach for a fluidized bed biomass gasifier of industrial 
size, coupling a detailed one-dimensional particle model based on the progressive conversion model (PCM) with 
a commercial CFD software. Results of particle movement and gas source terms are compared with results of an 
additional simulation employing the simplified uniform conversion model (UCM) which is commonly used in 
literature. Validation at the particle level showed that the UCM leads to a massive underprediction of the time 
needed for pyrolysis whereas the PCM is in good agreement with experimental data. This heavily influences the 
gas sources released during pyrolysis of the biomass particles in the coupled reactor simulations. Volatiles are 
much more concentrated to the close proximity of the fuel feed when using the UCM whereas the PCM leads to a 
more homogeneous distribution over the reactor cross-section. The calculation time analysis of the coupled 
simulations showed that despite the increased complexity, the PCM shows only an increase of 20% in calculation 
time when compared to the UCM, whereas it is much better suited for these conditions. The coupled multi-scale 
simulations using the PCM showed the numerical feasibility of the modelling approach for 1,200,000 bed parcels 
and about 80,000 reacting fuel parcels and furthermore highlighted the importance of a comprehensive 
description of the particle level.   

1. Introduction 

The heavy reliance of humankind on fossil fuels is a major problem 
due to human-induced global warming [1] caused by CO2 emitted 
through combustion of fossil fuels but also due to the dependency on few 
countries with large deposits of fossil fuels. Therefore, alternative en
ergy sources need to be further developed and brought to market 
maturity in order to decrease the share of fossil fuels on our energy 
demand. Biomass can be used as a local and CO2 neutral source of en
ergy. Combustion of biomass is already a mature technology whereas 
biomass gasification is a promising conversion route that still needs 
further development to be commercially employed at bigger scale. 

Biomass gasification allows for a CO2 neutral substitute of fossil fuels 
which can be employed to generate electricity (e.g. via a combustion 
motor [2] or a fuel cell [3]) or as a syngas to obtain various liquid or 
gaseous biofuels and chemical products [4,5]. 

Whereas several technologies have been developed for biomass 
gasification, fluidized bed reactors employing steam as fluidization 
medium are the most promising way to produce syngas from biomass at 
small and medium-scale [6] as they lead to a high quality nitrogen-free 
syngas. However, this technology comes with the difficulty of supplying 
the reactor with energy to keep the endothermic gasification reactions 
running. Different concepts have been designed to overcome this diffi
culty whereas the dual fluidized bed technology is strongly represented 
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in current research and industry [6–8]. Thereby, a bubbling fluidized 
bed gasifier is combined with a circulating fluidized bed combustor 
whereas the bed material acts as a heat carrier between the two reactors. 
However, the combination of complex fluid dynamics, intra-particle 
gradients and the complicated gas phase kinetics make it difficult to 
fully understand and optimize such a facility [9]. Therefore, a coupled 
multi-scale modelling tool combining a detailed description of the 
reactor level and the particle level is necessary to get a profound over
view of the relevant processes and thereby support the development of 
this technology. 

As shown in the review by Gomez-Barea and Leckner [10], various 
modelling approaches for fluidized bed biomass gasification have been 
developed in the past. Besides the more basic (however still very useful) 
approaches, the most commonly used modelling strategy today is based 
on computational fluid dynamics (CFD) which is becoming more and 
more feasible with increasing computing power. In general, CFD 
modelling of the reactor-scale of fluidized beds can be divided into two 
main categories [11]. The reactor level can either be described using the 
two-fluid model (TFM), also referred to as Euler-Euler approach or multi 
fluid model. Thereby, both the gaseous as well as the solid phase are 
represented by two interpenetrating continua. The other common 
approach to describe the reactor level is based on the Euler-Lagrange 
framework, where the gaseous phase is treated in the Eulerian descrip
tion whereas the tracks of individual particles are described using the 
Lagrange description. When modelling the collisions of particles in the 
Euler-Lagrange framework, there are two main strategies. The discrete 
element method (DEM) allows for a realistic description of particle 
collisions but is not well suited for large facilities as its computational 
demand is very high as extremely small time-steps are needed to resolve 
particle collisions. Nevertheless, this approach is increasingly being used 
for lab-scale FBBG plants as it allows for a very precise description of the 
particle movements and can provide essential insights into the behav
iour on the particle scale [12]. The hybrid Euler-Lagrange approach (e.g. 
the MP-PIC in MFIX or the DDPM in ANSYS Fluent) allows for a more 
efficient way to approximate particle collisions by using the kinetic 
theory of granular flow (KTGF). An additional advantage of the Euler- 
Lagrange approach is the possibility to group several particles in so 
called parcels to further reduce the computational demand. Overall, the 
combination of the Euler-Lagrange approach using approximated par
ticle collisions combined with clustered particles represents an attrac
tive trade-off between accuracy and computation time, even for 
industrial fluidized bed systems, and is therefore widely used in the 
literature [13,14]. Furthermore, compared to the TFM, this approach 
allows to track the conversion of individual particles along their 
movement through the reactor and is therefore well suited to be com
bined with a particle model. 

The processes at the particle level during biomass gasification span 
from heat-up and drying to pyrolysis until the remaining solid char is 
gasified. Depending on the conditions in the particle, a simplified model 
for particle conversion may be used. In order to assess the thermal heat 
transfer regime, the Biot number can be used. It is defined as the ratio of 
thermal resistance inside the particle (conduction) compared to the 
thermal resistance at the particle surface (heat transfer). The Biot 
number predicts a thermally thin behaviour with negligible temperature 
gradients inside the particle for Bi < 0.1 and a thermally thick behaviour 
where gradients in temperature and conversion need to be considered 
for Bi > 0.1 [9]. Analysis of the Biot number of typical biomass particles 
(0.1–10 mm) in fluidized bed conditions indicates a thermal behaviour 
in the transition region or a thermal thick behaviour which requires a 
comprehensive particle model resolving intra-particle gradients [9,15]. 
A review of biomass gasification modelling by Safarian et al. [16] em
phasizes that a combination of detailed kinetics with accurate fluid 
dynamic modelling is necessary to be able to describe the conditions in 
fluidized bed reactors. Furthermore, the review paper of Alobaid et al. 
[17] on CFD simulations of fluidized bed reactors emphasizes the 
importance of combining a comprehensive particle model considering 

intra-particle gradients with a detailed description of the gas flow and 
the particle movement for future work. As shown in the study by 
Ostermeier et al. [18], several modelling studies in literature use CFD 
approaches to model pilot-scale fluidized bed biomass gasification 
plants, but almost all of them use highly simplified models to describe 
the particle scale neglecting gradients in the particle [19,20]. This 
clearly shows the lack of comprehensive multi-scale models which 
employ a detailed description of the particle scale for a reactor of rele
vant size and is the main motivation of this study. 

A recent review paper of Luo et al. [9] investigated the particle 
models commonly used for CFD modelling of fluidized bed biomass 
pyrolysis. Although focused on biomass pyrolysis, the study of Luo et al. 
[9] is of high interest for biomass gasification as pyrolysis is a main step 
of biomass gasification and highly relevant for tar formation. A detailed 
description of pyrolysis and tar formation for future modelling studies of 
biomass gasification is furthermore emphasized by Safarian et al. [16]. 
The most frequently used model in recent literature is the uniform 
conversion model (UCM). This model is widely used due to its simplicity 
and low computational cost and allows for straightforward imple
mentation into the CFD framework. However, it is only suited for the 
thermally thin regime as it overestimates the pyrolysis rate for typical 
biomass particles which show thermally thick behaviour [9]. The review 
paper of Lu et al. [21] furthermore states that coupled CFD-UCM models 
need to consider a scaling factor to adapt for the overprediction of the 
pyrolysis rate when used for thermally thick particles. This scaling factor 
needs calibration when used for different particle size and shape which 
significantly limits the flexibility of the approach. A comprehensive 
description of the thermally thick biomass particles can be achieved by 
using a progressive conversion model (PCM) which allows to describe 
the conversion throughout the particle while considering intra-particle 
gradients. Usually a 1D description of the particle is used assuming an 
isotropic spherical particle [9]. However, such models typically show a 
high computational effort especially when coupled to CFD where 
boundary conditions for the reacting particles are constantly changing 
[22]. Furthermore, a coupling can only be realized with the Euler- 
Lagrange CFD approach and is moreover hindered by the extremely 
high number of reacting particles in a fluidized bed. A comparison of 
these two particle modelling approaches suited for multi-scale simula
tions is shown in Fig. 1. The reactor level described with CFD can be 
coupled with the PCM, which leads to a more detailed description of the 
particle level at the expense of a higher computational effort, or with the 
simplified and comparatively fast UCM, which, however, has only 
limited applicability in the case of biomass conversion. 

There are a few studies using a particle description based on the PCM 
combined with CFD. However, all of these studies presented in [9] are 
modelling small lab scale units. Furthermore, they are either conducted 
with a 2D-CFD description or employ the highly computational 
demanding DEM approach to describe particle interactions which makes 
them hardly feasible to model larger plants. For example, Gao et al. [23] 
modelled biomass pyrolysis in a packed bed reactor with a 1D model 
coupled to the DEM solver of MFiX and showed that the intra-particle 
effects cannot be neglected in their case. A further study of Gao et al. 
[24] uses a coupled approach to model an entrained flow reactor by 
coupling a 1D particle model with a detailed biomass pyrolysis kinetic 
scheme to the MP-PIC model in MFiX. In their study, they found that the 
isothermal model lead to better results than the more complex non- 
isothermal model which might be related to the kinetics that already 
partially include intraparticle transport, hindering the applicability of 
this approach. 

The multi-scale modelling approach for fluidized bed reactors 
developed by our research group is presented in the study of von Berg 
et al. [25]. It was shown that coupling a hybrid Euler-Lagrange CFD 
model based on the DDPM in ANSYS Fluent (resolving the reactor scale) 
with a detailed model describing the conversion at the particle level 
using a one-dimensional PCM is feasible for a very small 1.5 kW lab- 
scale bubbling fluidized bed reactor. Short calculation times were 
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achieved by combining an optimized solver developed for the particle 
model by Anca-Couce and Zobel [22] with a time-saving initialization 
routine using partly converted biomass particles which allows to quickly 
reach a constant state in the reactor. An analysis of calculation time 
conducted in the study showed encouraging estimates that this coupled 
multi-scale model can also be successfully applied for larger plants with 
feasible computational effort. However, the feasibility of applying such 
a model on a scale of industrial relevance has yet to be demonstrated. 

In the current study, we show for the first time the feasibility to 
model a 1 MW gasification pilot plant using a multi-scale CFD-PCM 
approach, going beyond previous lab scale studies. While the modelling 
approach in this study is similar to that in our previous publication, in 
the current study we go significantly further by applying a multi-scale 
model with a detailed one-dimensional description of the particle level 
for the first time on an industrial scale, while assessing the computa
tional requirements. Therefore, the proof of feasibility shown in the 
current study is very relevant for a meaningful application of the model, 
as the high computational demand is one of the major obstacles and the 
main reason why these models are very scarce in the literature. The 
influence of simplification through the use of an UCM for the particle 
scale is investigated, assessing the need and feasibility of employing a 
detailed particle model based on the PCM in a plant of relevant size. 
Therefore, the coupled modelling approach employing a detailed PCM 
for the particle scale [25] is used to model the 1 MW thermal power dual 
fluidized bed biomass gasification pilot plant at Woodland Biomass 
Research Centre (WBRC) [26] whereas only the gasification reactor of 
the plant is investigated. Modelling results will be compared to available 
experimental data. An additional simulation is conducted using the 
simpler UCM approach for the particle scale but with exactly the same 
settings for the reactor scale allowing for a detailed comparison between 
a coupled multi-scale model based on the UCM or the PCM. The effects of 
increased complexity of the PCM over the UCM are discussed and a 
comparison of calculation time is conducted. 

2. Numerical modelling 

The modelling approach applied in this study is based on the DDPM 
implemented in the CFD software ANSYS Fluent (V2021 R2) which 
describes the gaseous and solid phase at the reactor level. This model 
was extended via user defined functions (UDF) by a particle model based 
on the PCM to describe biomass conversion including heat-up, drying, 
devolatilization and char gasification. Furthermore, a simplified particle 
model based on the UCM was implemented using UDFs. The two particle 
modelling approaches can furthermore be run as stand-alone simula
tions in order to evaluate and compare the influence of the particle 
model in an easy manner. 

As the modelling approach is rather complex, a step-wise validation 
has been conducted in the past by our research group. Modelling of 
fluidized bed reactors has been investigated intensively by Blehrmühl
huber et al. [27] whereas the cold-flow models of the NETL [28] where 
used to validate the simulation results. Findings of this study are used as 
the basis of the reactor-scale modelling of the current study. The original 
version of the particle model was tested thoroughly by Anca-Couce et al. 
[29] using a single particle reactor. Adaptions of the particle model for 
conditions in a fluidized bed environment with a focus on heat transfer 
correlations were conducted by von Berg et al. [15] and validated using 
experimental results. A thorough investigation and validation of the 
individual models in simplified cases is necessary for a detailed assess
ment of the multi-scale modelling results and to better understand the 
influence of each model. 

2.1. Reactor scale 

To model the reactor scale, the dense discrete phase model (DDPM) 
implemented in ANSYS Fluent was chosen using the kinetic theory of 
granular flow (KTGF) to approximate particle collisions. When using the 
DDPM-KTGF, particle properties obtained via the Lagrangian descrip
tion are interpolated to the Eulerian grid which allows to consider 
particle collisions in an efficient way using the KTGF. 

For dense gas solid flows as in fluidized beds, the drag model by 
Gidaspow [30] is recommended [31]. More sophisticated models are 
developed recently which is especially important when using coarse 
grids [32] and particle clustering [33]. Most of these models are 
developed for the TFM framework [34–36], a few studies can be found 
where such models are adapted for the use in the DDPM framework 
[14]. However, the focus of our study is on the coupling procedure and 
the influence of the particle model and therefore, the Gidaspow model, 
which is well established for fluidized beds, was employed. The theory 
of the DDPM as well as a description of the KTGF together with the 
details of the sub-models can be found in the supplementary material. 
When employing the DDPM-KTGF, some limitations need to be consid
ered. It was found that the particles show unphysical behaviour for gas 
velocities below the minimal fluidization velocity [25,37], where par
ticles seem to overlap and accumulate at the gas distributor in a very 
shallow layer which can be relevant e.g. in the loop-seal when modelling 
a dual fluidized bed. Furthermore, the ratio of the parcel diameter to cell 
size is limited as problems can occur when too few parcels fit in a single 
cell [27]. For coarse meshes in large-scale fluidized beds, this is not a big 
problem but still needs to be considered especially when using particle 
clustering and when small geometry details need to be resolved. 

The finite rate/eddy dissipation model [38] implemented in Fluent is 
used to account for homogeneous gas phase reactions. As shown in 

Fig. 1. Multi-scale modelling approaches investigated in the current study. A CFD approach to describe the reactor level (centre) is either combined with a PCM 
approach (left) or a UCM approach (right) for the particle level. 
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Table 1, water gas shift reaction, methane steam reformation and tar 
cracking are considered. As the tar content in the gas obtained via 
biomass gasification is still one of its main problems for many applica
tions, a detailed description of the tar formation and cracking is very 
important as emphasized by Safarian et al. [16]. However, due to its 
complex nature, most CFD studies in literature use rather simplified 
approaches. The current study uses an advanced approach whereas the 
stoichiometric coefficients of the tar cracking reaction are based on the 
detailed RAC pyrolysis reaction scheme [29], in a similar way as done in 
the study of Scharler et al. [39] and employing detailed thermal tar 
cracking reactions proposed by Mellin et al. [40]. A more detailed 
description of this approach can be found in our previous publication 
[25]. The current approach is still a rather simplified description but 
allows to be easily adapted for future work e.g. by employing more tar 
species released from the particle model combined with additional tar 
cracking reactions in the gas phase. 

2.2. Particle scale 

The following section first discusses the differences between the two 
particle models which are subsequently coupled to the CFD simulation. 
Afterwards, modelling settings applied for both particle models in the 
same way are further explained. 

2.2.1. PCM 
The PCM model applied in this study is similar as the one in our 

previous study [25] based on the biomass pyrolysis model developed by 
Anca-Couce and Zobel [22]. The model uses a solving strategy optimized 
to allow for a fast solution when dealing with constantly changing 
boundary conditions as in a fluidized bed reactor. Usually applied 
solvers for particle models (like the ODE solver) show rather poor per
formance in such conditions due to the high computational demand for 
the initialization at each timestep. The model uses 10 control volumes 
(CV) over the radius which showed to lead to accurate results while not 
being too demanding regarding computational cost. Heat transfer is 
regarded via conduction and convection whereas transport of mass is 
considered via convection and diffusion. However, diffusion was only 
considered during gasification after 99 mass% of the volatiles where 
released during pyrolysis. Pyrolysis and gasification can be assumed to 
take place consecutively [43]. In the case of the particles used in this 
study pyrolysis is completely finished after 10 s whereas gasification 
takes more than 1000 s. Fick’s law is used to model diffusion employing 
diffusion coefficients based on the Chapman-Enskog equation. Model 
settings used for both versions of the particle model as well as properties 
of the employed biomass are summarized in Table 2. 

2.2.2. UCM 
In order to compare the results of the detailed particle model with the 

UCM which is frequently used in literature, a simplified particle model 
using the UCM approach was furthermore employed. The main differ
ence is the radial discretization inside the particle when using the PCM 
whereas the UCM cannot describe gradients inside the particle. This 
means that for the UCM, mass transport by convection and diffusion as 
well as heat transport by conduction and convection are not considered 

inside the particle. 

2.2.3. Chemical reactions employed for the PCM and UCM 
The particle model employed for biomass gasification considers 

drying, pyrolysis and gasification with H2O and CO2 as presented in 
Table 3. Furthermore, shrinkage is considered during biomass conver
sion. The PCM uses the local temperature and concentration in each CV 
to calculate the reaction rates in each CV whereas the UCM uses the 
mean value of the particle. 

A first-order Arrhenius equation [44] is used to model drying ac
cording to reaction (R4). A single-step global reaction scheme is used to 
describe pyrolysis as shown in reaction (R5) using the kinetics given in 
[44]. The pyrolysis reaction mechanism is derived from the detailed 
RAC mechanism by Anca-Couce et al. [29] which is based on the 
mechanism of Ranzi et al. [46]. This detailed model is used to obtain the 
stoichiometric coefficients of the simplified mechanism for char, per
manent gases as well as a lumped tar species by running a simulation 
with boundary conditions representative for the investigated case. This 
approach allows for a fast calculation based on a detailed description of 
pyrolysis and is furthermore very flexible when planning to increase the 
complexity e.g. for a more detailed description of tar by employing 
several tar compounds. Char gasification is considered via H2O (R6) and 
CO2 (R7) using the kinetics by Van de Steene et al. [45]. More details can 
be found in [25]. 

2.2.4. Boundary conditions of the PCM and UCM 
Special attention must be paid to boundary conditions for particles in 

a fluidized bed reactor and heat and mass transfer correlations especially 
derived for these conditions are available in literature. In a previous 
study of our research group [15], heat transfer correlations for large 
biomass particles in a fluidized bed of hot sand were evaluated. It was 
shown that models that include the effect of fluidization velocity are 
better suited for a broader range of operating conditions. Therefore, the 
model of Agarwal [47] was used in the present study. Mass transfer was 
considered using the Sherwood number calculated as 
Sh = 2ε+0.69(Rep/ε)1/2Sc1/3 as given in [48] for fluidized bed condi
tions. Thereby ε is the void fraction, Rep is the particle Reynolds number 
and Sc is the Schmidt number, all calculated based on the conditions of 
the corresponding CFD cell. Heat and mass transfer coefficient 

Table 1 
Homogeneous gas phase reactions (values in square brackets have units of kmol/m3).   

Reaction Reaction rate r in kmol / (m3×s) 

Water gas shift [26] CO + H2O→CO2 + H2 

rWGS = 2.75× e
8.38 × 107

RT [CO][H2O]

(R1) 

Steam reformation [41] CH4 + H2O→CO + 3H2 

rSR = 5.92× 108 × e

( 2.09 × 108

RT

)

[CH4]
0.5

[H20]

(R2) 

Tar cracking [42] Tar→0.707H2 + 1.054CO + 0.219CO2 + 0.489CH4 + 0.103C6H6 

rTC = 3.7× 107 × e

( 1.19 × 108

RT

)

[Tar]

(R3)  

Table 2 
Parameters of the particle model and biomass properties.  

Thermal conductivity biomass 0.177 W/(m×K) 
Thermal conductivity char 0.1 W/(m×K) 
Solid density 1500 kg/m3 

Minimum shrinkage factor 0.46 – 
Heat capacity biomass 1500 + T J/(kg×K) 
Heat capacity char 420 + 2.09×T – 6.85×10− 4 ×T2 J/(kg×K) 
Heat capacity water 4200 J/(kg×K) 
Permeability biomass 1×10-14 m2 

Permeability char 1×10-12 m2 

Pore diameter 1×10-4 m 
Emissivity 0.9 – 
Dynamic viscosity gas 1x10-5 kg/(m×s) 
Thermal conductivity gas 0.0258 W/(m×K)  
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calculated via Nusselt and Sherwood number are then employed in the 
outermost CV of the PCM and for the UCM to consider heat and mass 
transfer. Furthermore, radiation is considered in the particle model. The 
particle model is solved at every fluid time-step for each individual 
particle considering the corresponding boundary conditions (gas tem
perature, gas composition and gas velocity) and source terms for gas 
species and energy are forwarded to the CFD-cell where the particle is 
currently located. Results of the particle model that are required for the 
solution of the next timestep are stored for every particle. The new 
particle temperature, density, mass and diameter calculated by the 
particle model are updated for each corresponding particle in the reactor 
model. This procedure can also be conducted when using parcels (rep
resenting several particles) in the CFD framework, whereas the source 
terms released by the particle model need to be scaled accordingly. 

3. Experimental rig and modelling settings 

The coupled multi-scale model was validated using experimental 
data of the 1 MW thermal dual fluidized bed gasifier located at Wood
land Biomass research centre (WBRC) in California, USA [26]. As shown 
in Fig. 2.a, the WBRC pilot plant consists of a bubbling bed gasification 
reactor (GR, shown in blue) and a combustion reactor (CR, shown in red) 
operated as a riser. A chute at the bottom of the GR where particles are 

led to the CR combined with a loop seal which allows for the hot bed 
material to be fed back to the GR leads to a circulation of bed material 
between the two reactors. In the current study, only the gasification 
reactor was investigated in order to evaluate the importance of detailed 
particle modelling during biomass gasification. When modelling the full- 
loop of a circulating fluidized bed reactor, several zones with different 
particle flow regimes are present in the domain. The gasifier is operated 
as a bubbling bed, the loop seals and pipes connecting the reactor have a 
very dense particle flow whereas the combustion reactor shows a dilute 
particle flow. As it is difficult to describe these effects all at once using 
the DDPM, especially when the packing limit is reached, we choose to 
only model the gasifier in order to focus on the effect of the influence of 
the particle model. The gasification reactor has a total height of about 6 
m and consists of a conically shaped bottom part and a cylindrical 
freeboard with a diameter of about 1 m. 

Fuel is fed to the GR from the side of the reactor in the lower part of 
the bubbling bed and steam fed from the bottom of the reactor is used as 
fluidizing agent. Part of the bed material as well as partly converted 
biomass particles leave the GR through a chute in the bottom part of the 
bubbling bed at the opposite site of the fuel feed leading to the CR. The 
producer gas outlet is located at the top of the GR highlighted in pink. 
Experimental gas composition at the reactor outlet are available. The 
operating conditions of the experimental case modelled in this work are 

Table 3 
Heterogeneous reactions and applied kinetics (values in square brackets have units of kg/m3).   

Reaction Reaction rate r in kg / (m3×s) 

Drying [44] H2O(l)→H2O(g) rdrying = 5.56× 106 × e− 87.9×103 / (R×TCV)[H2O]CV 
(R4)  

Pyrolysis [44] Biomass(s)→Char(s) + CO + H2O + CO2 + H2 + CH4 + Tar rpyrolysis = 2.0× 108 × e− 133.1×103 / (R×TCV) [Biomass]CV 
(R5)  

CO2 gasification [45] Char(s) + CO2→2CO +
( αC

2
− βC

)
H2 + βCH2O + Ash(s) See reference (R6)  

H2O gasification [45] Char (s) + (1 − βC)H2O → CO + (1 + αC/2 − βC)H2 + Ash(s) See reference (R7)   

Fig. 2. Scheme of the experimental rig (a) and CFD mesh of the reactor geometry of the gasifier with boundary conditions for gas and solid flow (b).  
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presented in the study by Liu et al. [26] as “Case 2”. The operation 
conditions and further input for the simulation in this study are pre
sented in Table 4. Almond pruning with a moisture content of about 5 % 
and a density of 554 kg/m3 was employed as fuel. As detailed properties 
for almond pruning for e.g. thermal conductivity or heat capacity are not 
available in literature, representative values for similar biomass was 
employed [25]. Modelling was conducted assuming spherical particle 
shape with a mean diameter of 5.7 mm as given in [26]. 

3.1. Simulation setup 

The multi-scale simulation was set up in ANSYS Fluent 2021 R2 as a 
transient simulation with a fluid time-step of 0.0001 s. The default 
values of Fluent were used for residuals (1e-3 for all equations except for 
energy where the limit is 1e-6) while about 10 to 15 iterations where 
necessary to reach the convergence criteria for each timestep. The mesh 
of 43,438 cells used to represent the geometry of the gasifier was 
generated based on the recommendations and best practice guidelines 
by ANSYS Fluent [50] for the DDPM and is shown in Fig. 2.b. The DDPM- 
KTGF model in Fluent is employed to describe the reactor level. Due to 
the limitations of the DDPM, a finer mesh is not suitable as the cell size 
must be sufficiently larger than the parcel size. In general, however, the 
DDPM shows much better grid independence when compared to the 
TFM, as the Lagrangian particle tracking leads to a much more accurate 
representation of the volume fraction as shown by Cloete et al. [51]. The 
TFM, on the other hand, suffers from significant numerical diffusion and 
cannot resolve distinct volume fraction gradients when using coarse 
meshes [51]. A primary phase is defined representing the gas phase and 
a granular phase is introduced to represent the particulate matter. 
Thereby, the clustering concept is utilized to reduce the computational 
demand whereas 1,200,000 bed parcels are considered to represent the 
bed material. Furthermore, biomass particles are clustered whereas one 
biomass parcel represents 4 real particles, allowing for a faster solution 
of the particle scale while still respecting the limitations of parcel size 
compared to the cell size of the mesh. This leads to about 75,000 
biomass parcels. The particle model uses the same time-step as the fluid- 
scale. More information about the sub-models employed for the DDPM- 
KTGF can be found in Table 5. The DDPM-KTGF settings are the same as 
in our previous work [25], however, the current study also considers 
radiation based on the P1 model including the effect of particles on the 
absorption coefficient. 

As only the gasification reactor is modelled in the current study, 
several assumptions needed to be made. It is supposed that the char led 
to the combustor is totally burned as indicated by several studies 
[6,57,58]. The hot bed material is then completely recirculated to the 
gasifier via a loop seal, whereas the particles are assumed to have the 
same temperature as the gas temperature at the combustor outlet. 
Benedikt et al. [59] state that the temperature of the bed material 
leaving the combustion reactor has approximately the same temperature 
as in the top of the combustion reactor for their 100 kW dual-fluidized 
bed biomass gasification pilot plant, which backs this assumption. For 
our study, the temperature measured at the outlet of the combustion 

reactor during the experiments is 1207 K [26] which is used as the 
backflow temperature of the bed material. A further assumption has to 
be made assuming the steam flow fed to the loop seal whereas we as
sume that it is evenly distributed to the GR and the CR. The bed material 
recirculation rate of the WBRC gasifier was investigated by Liu et al. 
[49] in a numerical study whereas a recirculation rate of 5.44 kg/s is 
given for similar conditions as employed in the current study. The 
recirculation of particles was implemented using a UDF whereas bed 
material particles close to the chute at the gasifier bottom are relocated 
to the backflow position in the upper part of the gasifier while respecting 
the given recirculation rate. The temperature of the relocated bed ma
terial particles is set to 1207 K. Furthermore, biomass or char particles 
located in the chute to the combustor are detected and removed from the 
domain. 

In total, two coupled CFD simulations were conducted in this study. 
One simulation employs the CFD settings shown above coupled with the 
comprehensive PCM as a particle model via a UDF. The other simulation 
uses the exact same CFD settings for the reactor level, however, it is 
coupled with the simplified particle model based on the UCM via a UDF. 
Therefore, the only difference of the two simulations is the description of 
the particle level which however will strongly influence source terms 
released at the reactor scale. 

3.2. Boundary conditions and initialization 

The operation conditions of the experiments presented in [26] were 
used to derive the boundary conditions of the CFD simulation (see 
Table 4). The steam-flow rate at the gas distributor is set to 78 kg/h. A 
fixed temperature of 1123 K was set on the reactor wall according to the 
mean temperature of the gasifier during the experiments as due to the 
vigorous mixing inside the bed, a similar temperature at the wall can be 
assumed. This allows for a good estimation, however, more detailed 
information about the insulation of the reactor wall would allow to use a 
heat-flux boundary condition which would probably allow to better 
describe the temperature in the reactor. The constant wall temperature 
used in this study does not consider temperature differences along the 
reactor height which might occur due to different insulation, the high 
heat capacity of the bed in the lower part of the bed as well as the effect 
of the backflow of hot bed material. The boundary condition on the wall 
is set to a no-slip condition for the gas phase and to a partial-slip con
dition for the discrete phase according to Johnson and Jackson [55]. The 
specularity coefficient describes the effect of friction between particle 
and wall whereas a value of 0 represents a no-slip condition and a value 

Table 4 
Operating conditions and model input derived from the experimental case [26].  

Biomass feed rate 220 kg/h 
Biomass diameter 0.0057 m 
Initial biomass temperature 293 K 
Biomass particle density (wet) 554 kg/ 

m3 

Biomass moisture content (as received) 5 % 
Gasifier steam feed rate 78 kg/h 
Temperature of steam flow to gasifier 603 K 
Total steam supply to loop-seal (of which 50 % goes to 

the GR) 
85 (42.5 to 
GR) 

kg/h 

Bed material recirculation rate [49] 5.44 kg/s 
Bed material backflow temperature 1207 K  

Table 5 
Models and sub-models employed for the CFD simulations.  

Property Employed model 

Multiphase model DDPM 
Particle interactions KTGF 
Radiation P1 (0 bands – grey gas approximation) 
Turbulence model Standard k-ε model (enhanced wall treatment) 
Transition factor 0.65 
Drag law Gidaspow [30] 
Granular viscosity Syamlal and O’Brien [52] 
Granular bulk viscosity Lun et al. [53] 
Solid pressure Lun et al. [53] 
Granular temperature Algebraic 
Frictional viscosity Schaeffer [54] 
Frictional pressure Johnson and Jackson [55] 
Friction packing limit 0.5 
Angle of internal friction 30 
Packing limit 0.52 
Radial distribution function Ma Ahmadi [56] 
Specularity coefficient 0.5 
Solid wall boundary condition Johnson and Jackson [55] 
Solid-solid restitution coefficient 0.8 
Particle emissivity 0.9 
Particle scattering factor 0.9  
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between 0 and 1 represents partial slip. In the current study, it was set to 
0.3, close to the value of 0.1 recommended for denser fluidization 
conditions [60]. For all walls, it was specified that particles are reflected. 
This setting was also chosen for the syngas outlet as it is located at the 
very top of the freeboard and particles will not be very likely to be 
transported in this area due to the smooth bubbling behaviour of the 
gasification reactor. The particle outlet at the bottom of the gasifier is 
treated as a wall whereas the connection to the loop-seal in the upper 
part is realized as a mass-flow inlet to respect the steam flow coming 
from the loop seal. Both interfaces between gasifier and combustor are 
set to show reflective behaviour for particles since the recirculation rate 
of the particles was respected using a UDF as described above. 

In order to quickly reach a constant operating point during the 
transient simulation, an advanced initialization routine was conducted 
to account for an initial char bed in the gasifier. The conversion of a 
single biomass particle at the operation condition of the gasifier was 
investigated with the standalone version of each of the two single par
ticle models. Whereas pyrolysis is finished after no more than 10 s, the 
following gasification of the residual char takes over 1000 s (see also 
Fig. 4). Therefore, there are usually a great amount of semi-converted 
char particles inside the bed which need to be considered. In our pre
vious study modelling a lab-scale bubbling fluidized bed reactor [25], an 
initial char bed with biomass particles at different states of conversion 
was introduced at the beginning of the simulation based on results of a 
standalone particle model. However, in a circulating fluidized bed like 
in the present study, part of the char is burned in the combustor. 
Therefore, the conversion-time of a char particle is furthermore deter
mined by how long it resides in the gasifier. Considering the recircula
tion rate of the plant and the total mass of bed material, a complete 
recirculation of the bed can be assumed in about 300 s. Due to the 
flotsam behaviour of char [61], it will be preferably located in the upper 
part of the bed and it is difficult to say if the char is recirculated in the 
same way as the bed material. Kraft et al. [62] state that smaller char 
particles are better mixed within the bed and therefore show a higher 
concentration in the recirculation stream compared to bigger ones. An 
elemental balance of the gasification reactor showed that for the 
investigated experimental case, about 40 % of the char react in the 
gasifier whereas the other 60 % are burned in the combustor. This shows 
the same trend as the findings of Liu et al. [26] who concluded that with 
this experimental setup, the char is primarily burned in the combustor 
whereas a smaller part is gasified. To determine the initial char bed in 
the gasifier of this study, the standalone particle model was used to 
calculate results for particles at different states of conversion using a 
representative temperature and gas composition. The results were 
stored using the time interval between two particles respecting the fuel 
feeding rate of the gasifier. Results of the standalone particle model 
necessary to continue the conversion calculation later on in the coupled 
calculation were stored at different grades of conversion. This resulted 
in a solution of the single particle model for each biomass particle that is 
fed to the reactor whereas the sum of these particles represents the char 
mass that would be in the gasifier if it was not partly combusted. As 
stated above, 60 % of the char are combusted. Therefore, only 40 % of 
the mass of all these particles at different states of conversion need to be 
considered in the initial char bed of the gasifier. Furthermore, with the 
information that small particles are more likely to be transported to the 
combustion reactor, we considered only the particles with shorter resi
dence time (corresponding to a lower degree of conversion and a larger 
particle size) until 40 mass% char were reached. The particle with the 
highest degree of conversion determined by this method shows a resi
dence time of 295 and 309 s for the UCM and PCM, which matches well 
with the time of full-recirculation of the bed material of 300 s. This re
sults in an initial char bed consisting of partly converted biomass 
whereas it is assumed that 60 mass% of the char is already burned in the 
combustor. This procedure was conducted for both different particle 
models and led to 77,000 initial fuel parcels for the PCM and 73,700 fuel 
parcels for the UCM when using 4 particles per parcel. 

The step-wise initialization procedure of each simulation starts with 
the injection of the bed material. Afterwards, the initial fuel bed is 
injected using the results at different states of conversion obtained by 
the standalone particle model. Thereby, the composition of the gas 
phase and the solid phase as well as the temperature in each control 
volume of the particle are patched to the corresponding parcel via a 
UDF. This step is followed by the continuous injection of fresh biomass 
according to the biomass feed rate. From there on, the particle model is 
solved for each fuel parcel at every time step whereas the boundary 
conditions in the corresponding CFD-cell are considered and source 
terms of the particle model are forwarded to the CFD simulation. After 
the gas composition at the outlet gets constant after about 20 s, the re
sults are averaged for 10 s, resulting in a total simulation time of 30 s. 

4. Results and discussion 

First, the difference between the two particle modelling approaches 
based on the PCM and the UCM are investigated using the standalone 
version of each model. Afterwards, the results of the coupled multi-scale 
simulations are compared. 

4.1. Comparison of the PCM and UCM based on the standalone particle 
model 

To evaluate the influence of the different modelling approaches for 
the particle level, this section compares results based on standalone 
calculations using the PCM and the UCM. As stated in the study of Luo 
et al. [9], the UCM is commonly employed for fluidized bed biomass 
conversion neglecting the fact that it is not suitable for thermally thick 
particles showing gradients inside the particle. They furthermore state 
that the UCM overestimates the pyrolysis rate leading to a shorter 
overall conversion time. To investigate this phenomenon, the experi
mental results for biomass pyrolysis in a fluidized bed reactor presented 
by Wang et al. [63] are used to validate the two different particle 
modelling approaches. Pyrolysis experiments at 773 K employing beech 
wood cylinders of different diameter were conducted using nitrogen as 
fluidizing agent whereas the conversion time was analyzed. They 
conclude that for particles smaller than 2 mm, the process is kinetically 
controlled whereas for bigger particles, transport processes inside the 
particle need to be considered. Several simulations were set up using the 
experimental conditions of Wang for various particle diameters ranging 
from 0.5 to 16 mm, whereas each simulation was run with the PCM and 
the UCM. Thereby, the properties of Table 2 were employed while slight 
adaptions e.g. for the density were made to match the experimental 
conditions of Wang. The conversion time needed for pyrolysis deter
mined by these simulations was defined as the time until 99 % of the 
volatiles were released, similar as in the study of Kersten et al. [64]. The 
comparison of conversion time for different biomass diameters between 
experimental results and modelling results using the PCM and the UCM 
are presented in Fig. 3. Good agreement is found between the experi
mental and the PCM modelling results. Pyrolysis times range from about 
20 s for the very small particles to about 200 s for the biggest particle, 
which can be accurately predicted by the PCM. Modelling results based 
on the UCM show similar results as the PCM up to a diameter of 2 mm. 
However, the UCM predicts a faster conversion time for particles larger 
than 2 mm showing huge discrepancy with the experimental data. For 
particles of 6 mm diameter, which is the typical diameter of a biomass 
pellet, the PCM shows already a 46 % longer conversion time when 
compared to the UCM whereas this trend gets even stronger for bigger 
particles. This clearly shows the limits of applicability of the UCM for 
large biomass particles in fluidized bed reactors even at the considered 
moderate temperatures typical for fast pyrolysis. This result furthermore 
highlights the importance of a comprehensive particle model which 
resolves gradients inside the particle during pyrolysis for biomass 
especially for larger particles. 
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4.2. Particle scale results at conditions of the WBRC gasifier 

The following section will now investigate the behavior of the two 
particle models when applied to the conditions in the fluidized bed 
biomass gasification plant investigated in this study. Therefore, the 
standalone version of the PCM and the UCM was run using constant 
boundary conditions for temperature and gas composition representa
tive for the investigated reactor. A comparison of the standalone 
modelling results of conversion is shown in Fig. 4. The diagram on the 
left shows the conversion during the first 15 s. For both models, pyrol
ysis is completed within a few seconds, as indicated by the plateau of the 
conversion curve, indicating that the heating, drying and pyrolysis of the 
particles are completed within this time. However, the UCM (blue) 
shows a much faster conversion during this period whereas it takes only 
2.5 s until 99 % of pyrolysis is finished compared to 8.4 s for the PCM 
(orange). As shown above, the PCM shows good agreement with 
experimental data presented in literature also for larger biomass parti
cles. Furthermore, the standalone PCM was already thoroughly vali
dated in our previous study modelling fluidized bed biomass pyrolysis 
where good agreement with experimental data was achieved [15]. 
Therefore, the UCM significantly underestimates the time needed for 
pyrolysis at gasification conditions. As more than 80 % of the initial 

particle mass are released during this period, this can have a huge in
fluence on the overall process as it will strongly influence at which 
location in the reactor the gas source terms are released during devo
latilization when coupled to the reactor scale. The results clearly show 
the importance of a comprehensive particle model like the PCM when 
applied to typical conditions of fluidized bed biomass gasification. 

The diagram at the right of Fig. 4 shows the time necessary for 
gasification of the residual char after pyrolysis, although the x-axis has a 
very different scale to that of the pyrolysis graph. Compared to pyrolysis, 
which is finished in a few seconds, gasification of the remaining char 
takes over 1300 s (about 22 min). When comparing the time needed for 
gasification, the UCM leads to a conversion time that is about 90 s faster 
when compared to the PCM, corresponding to about 6 %. This indicates 
that for the investigated particle size, the gasification of the remaining 
char can probably be described using a UCM with acceptable accuracy 
due to the much slower kinetics and much more homogeneous condi
tions inside the particle with rather small gradients during gasification 
[25]. However, the pyrolysis period previous to gasification has a sig
nificant impact on the gas obtained during the overall conversion in the 
gasifier whereas more than 80 % of the particle mass are released during 
this period. Furthermore, tar components are formed during pyrolysis 
which therefore needs to be accurately described. 

4.3. Results of the coupled multi-scale model 

To see the full effect of the influence of the particle model on the 
reactor scale, results of multi-scale simulations are investigated in the 
following section. Two coupled simulations were conducted employing 
the UCM on the one hand and the PCM on the other hand, whereas the 
reactor level was modelled using the same settings for both cases. 

A snapshot of the position of particles after a time of 20 s is shown in 
Fig. 5 for both simulations. The results of the CFD-UCM simulation are 
shown in Fig. 5.a. The figure on the left shows the volume fraction of the 
bed material with typical behavior for a dense bubbling fluidized bed. A 
stream of recirculated particles is coming from the combustion reactor 
whereas the hot bed material particles are falling onto the top of the 
bubbling bed. A few gas bubbles can be seen rising from top to bottom in 
yellow as they show a lower packing density. However, most bubbles are 
located in the inner part of the reactor and cannot be seen in this view. 
Fig. 5.a on the right shows the density of the continuously fed biomass 
particles and of the initial char particles on the same scale. Fresh 
biomass particles with a density of about 550 kg/m3 (red) are located 
only in the direct proximity of the fuel feed position. It seems that the 
very fast pyrolysis rates predicted by the UCM leads to devolatilization 

Fig. 3. Comparison of experimental results of conversion time of beech wood 
cylinders with 42 mm length and various diameter pyrolyzed at 773 K by Wang 
et al. [63] with modelling results based on the UCM (blue) and the 
PCM (orange). 

Fig. 4. Modelling results for conversion of a single particle at conditions of the reactor investigated in this study. The UCM predicts a pyrolysis time more than three 
times faster than the PCM (left). The differences between the two models during gasification are much smaller (right). 
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of the fuel particles before they are further mixed throughout the 
reactor. Pyrolysis is finished very quickly while particles are still close to 
the feeding position whereas the obtained char particles with a density 
close to 200 kg/m3 (blue) resulting from the continuous biomass in
jection are mixed throughout the whole bed. When looking at the initial 
char on the very right of Fig. 5.a, the particles initially injected at the top 
of the bed are already well mixed with the bed material. However, at the 
proximity of the fuel feed, there seems to be a lower share of char par
ticles which might be in conjunction with the high amount of volatiles 
released in this area resulting in an upward movement due to an 
increased bubbling intensity. A similar effect of a lower particle density 
at the close proximity of the fuel feed was found by Zhang et al. [65] 
when modelling air–steam gasification with a CFD-DEM using a simple 
particle model. However, in their case, the description of the particle 
level using the UCM is justified by the very small biomass particles 
which lead to very fast devolatilization rates close to the reactor feed. 
The same snapshots are shown for the PCM simulation in Fig. 5.b, 
whereas a similar distribution of bed material can be seen on the left- 
hand side of the figure. However, the distribution of the particles 
resulting from the continuous biomass injection and the initial char is 
clearly different. Looking at the density of the particles from the 

continuous biomass injection, there is a much larger area of pyrolyzing 
particles with a density between 200 and 555 kg/m3. The distribution of 
char particles far right shows that when using the PCM, the char is 
evenly distributed over the whole cross-section of the reactor which is 
different when compared to the results obtained with the UCM. 

For both models, the results show that biomass pyrolysis and devo
latilization is happening while the particles are still located deep inside 
the bed which is advantageous as pyrolysis at the top of the bed can lead 
to increased methane and tar content of the producer gas [6]. The low- 
density char particles seem to be generally well mixed with the bed 
material whereas a slightly larger amount is accumulating on the top of 
the bed which can be beneficial as the char helps with the conversion of 
volatiles due to its catalytic effect [6]. Source terms related to char 
gasification are significantly lower when compared to the ones released 
during pyrolysis and are distributed much more evenly over the reactor 
due to the relatively homogeneous distribution of char in the bed. The 
modelling results showed a slight increase in the source terms for H2 and 
CO at the top of the bed which can be attributed to the accumulation of 
char in this area of the bed due to the flotsam behaviour. 

Fig. 5. Snapshot of volume fraction of the bed material (left) and density of the continuously fed biomass and initial char particles (right) after 20 s using the UCM (a) 
and PCM (b). 
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4.3.1. Particle tracks of reacting fuel particles 
To better understand the movement of fresh biomass particles 

introduced in the lower part of the bed, the tracks of 10 representative 
particles were monitored during the coupled simulations. The particle 
tracks presented in Fig. 6 are shown from a side view (left) as well from 
the top (right) for both simulations whereas the location of the injection 
is marked with a yellow circle. The color gradient shows the residence 
time whereas for the two different simulations, the tracks where plotted 
until the end of pyrolysis corresponding to about 2.5 s for the UCM and 
8.5 s for the PCM. The diameter of the markers is scaled with the 
diameter of the shrinking particle. Fig. 6.a shows the results of the 
coupled UCM simulation which clearly predicts that the pyrolyzing 
particles are rather close to the fuel feed point until they are fully py
rolyzed. This high concentration of devolatizing particles leads to a high 
release of gas source terms of the particle model in a rather small section 
of the reactor. In Fig. 6.b, the particle tracks of the coupled PCM simu
lation show that the pyrolyzing particles are distributed more evenly 
whereas the particles span over the whole cross-section at the height of 
the fuel feed. Whereas the total mass of gaseous source terms of the UCM 
and the PCM are the same, the big difference in conversion time pre
dicted by each model leads to a very different distribution of source 
terms in the reactor when employed in a coupled simulation. These re
sults highlight the importance of a multi-scale simulation where both 
particle scale and reactor level need to be described thoroughly in order 
to describe the interaction of the different scales. 

The effect of the different distribution of the source terms between 

the two models is further analyzed in Fig. 7 showing the tar mass frac
tion in the reactor averaged between 25 and 30 s of simulation time. 
Fig. 7.a shows the results for the UCM which predicts a high concen
tration of about 30 % at the close proximity of the fuel feed as pyrolysis 
takes mainly place in this area. The tar mass fraction for the PCM pre
sented in Fig. 7.b shows that tars are much more evenly distributed 
whereas the tar mass fraction is always below 10 %. For both simula
tions, the employed tar cracking kinetics lead to rather fast decrease of 
tar in the upper part of the bed and predict almost no tar species at the 
top of the bubbling bed. However, for future work with a stronger focus 
on modelling tar contaminants, it is essential to use the more accurate 
description of the release of tar species obtained with the PCM. As tar 
concentrations even at low levels significantly hamper the applicability 
of the product gas, a correct description of the tar release is essential to 
optimize biomass gasification. 

4.3.2. Gas composition at the reactor outlet 
After the transient simulation is started, it takes some time until the 

gas at the reactor outlet reaches a constant composition. However, 
compared to the time required to build up the char bed in the real plant, 
the initialization routine using an initial bed of fuel particles at various 
conversion states allows a constant state to be achieved in a very short 
time of about 20 s for both simulations. The evolution of the gas species 
at the reactor outlet is given in the supplementary material. In order to 
get averaged results, the simulation was run for another 10 s during 
which the gas composition was averaged over the outlet face of the 

Fig. 6. Particle tracks of 10 representative biomass parcels during pyrolysis. For each model the tracks are plotted until the time when pyrolysis is finished cor
responding to 2.5 s for the UCM (a) and 8.5 s for the PCM (b). The position of fuel injection is marked in yellow. 
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geometry as shown in Fig. 2. A comparison of the average gas compo
sition of both simulations with experimental results together with 
modelling results of Liu et al. [26] is shown in Fig. 8. The modelling 
results for the UCM and PCM show reasonable agreement with the 

experimental data except for CO and CO2, which shows quite strong 
deviation for both simulations whereas CO is overpredicted and CO2 is 
underpredicted. These deviations can primarily be related to the 
employed water gas shift kinetics. Compared to the modelling results 
obtained in our study, the modelling results of Liu et al. [26] presented 
in Fig. 8 show better agreement with experimental results. However, for 
their simulations, the kinetics were tuned to fit the experimental data. A 
tuning of kinetic parameters could be done in the future but was not 
conducted in the current study as it is outside of the scope of this work. 
The rather large share of benzene predicted by both simulations can be 
mainly attributed to the fact that the current model only considers pri
mary tar cracking whereby benzene is produced. Secondary tar cracking 
should be included in future work. We showed that both models can 
generally predict the gas composition. However, the main difference 
between the results of the UCM and the PCM simulation is the position of 
the particles during pyrolysis where the major part of the gas release 
takes place which has a significant impact in the design of the reactor 
and in the final tar content. While the UCM can result in a similar per
manent gas composition at the reactor outlet as the PCM, it cannot 
accurately describe the processes within the bed. 

4.3.3. Analysis of calculation time 
As computational feasibility is essential when developing new 

modelling approaches, the calculation time of the different particle 
models in combination with the reactor model was analyzed. Therefore, 
a third CFD simulation employing the DDPM was set up with same 
settings as the other two simulations but without employing a particle 
model to determine the computational demand of the DDPM (for this 
simulation, only the results regarding computational demand are dis
cussed in this study). All simulations were run on a workstation equip
ped with an Intel® CoreTM i9-10980XE CPU @ 3.0 GHz and 64 GB RAM 
running ANSYS Fluent 2021 R2 using 8 cores in parallel. All three 
simulations use 43,438 CFD cells and 1,200,000 bed parcels, whereas 
the coupled simulations employ 73,700 and 77,000 fuel parcels for the 
UCM and the PCM respectively. The total calculation time per time-step 
and the share of the different models is presented in Fig. 9. When not 
considering a particle model, the calculation time per time-step is just 
above 8 s, whereas 34 % of the time is necessary to solve the DDPM. The 
CFD-UCM model shows a total calculation time per time-step of about 9 
s while about 8 % of the time is used to solve the UCM which shows the 
very low computational demand of this approach. The results of the 
CFD-PCM show that the overall time per time-step is about 11 s whereas 
the solution of the PCM takes about 25 % of the time. This shows that 
although the solution of the PCM takes almost 4 times longer than for the 

Fig. 7. Tar mass fraction (averaged from second 25 to 30 of the transient 
simulation) for the coupled simulation employing the UCM (a) and PCM (b). 

Fig. 8. Comparison of modelling results of gas composition at the gasifier 
outlet using the CFD-UCM and CFD-PCM with modelling and experimental 
results of Liu et al. [26]. 

Fig. 9. Calculation time per time-step when using only the DDPM with non- 
reacting particles as well as for the multi-scale simulations coupled to a parti
cle model. 
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UCM, the total time necessary to solve one time-step is only 22 % higher. 
The main computational demand of the coupled simulations can be 
related to the solution of the fluid phase and the particle movement. 
Therefore, the coupled CFD-PCM simulation allows for a much more 
accurate description of the particle scale while the computational de
mand is still feasible. In our previous publication about multi-scale 
modelling of a lab-scale fluidized bed gasifier [25], we predicted a 
rather optimistic share of only 2 % of calculation time for the particle 
model when modelling large scale plants. However, this prediction 
assumed that the bed material was clustered in the same way as for the 
lab-scale reactor studied at the time, which would result in an unac
ceptably high number of parcels for a large-scale reactor. In the lab-scale 
plant, the bed material was clustered using 110 particles per parcel 
whereas in the current study, one parcel represents 4980 bed particles. 
Therefore, in the current study, the relative share of the particle model is 
higher than predicted in the previous study. However, the overall time 
needed to solve a time-step is still lower than the initial expectations 
when developing this model and allows to further increase the 
complexity of the particle model and to implement more advanced 
description of tar for future modelling work. We were thus able to 
demonstrate for the first time that a multi-scale modeling approach 
employing a detailed description of the particle level can be applied for a 
large FBBG plant with acceptable computation times facilitated by an 
optimized solution approach for the particle model combined with an 
advanced initialization routine. 

5. Conclusions 

The current study aims to investigate the feasibility to employ a 
detailed particle model in a multi-scale approach coupled to a CFD 
software when modelling a pilot-scale fluidized bed biomass gasifier. 
The use of a particle model that resolves particle gradients combined 
with a reactor model that tracks individual particles has been called for 
in several recent review papers [16,17] on FBBG modelling. While our 
model was initially published modelling a small lab-scale gasifier (1.5 
kW) with promising results regarding accuracy and computational de
mand [25], in the current paper, such a multi-scale modelling approach 
is applied for the first time in literature for a FBBG plant of industrial size 
(1 MW). The few multi-phase modelling approaches for FBBG that can 
be found in literature show to be very computational demanding and are 
usually only applied for very small reactors [9]. However, a compre
hensive multi-scale model that can be applied at a larger scale is urgently 
needed in order to be able to use such a model in a meaningful way. Our 
current study is the first to demonstrate the feasibility of a detailed 
multi-scale model at an industrially relevant scale, making the model 
applicable to support the construction and optimization of real plants. 
Furthermore, the importance of a comprehensive description of the 
particle level is shown by comparing the results of the coupled CFD-PCM 
simulation with a CFD simulation employing a UCM model for the 
particle scale, which is commonly used in literature. 

A validation of the detailed particle model based on the PCM and the 
simplified UCM with experimental data was conducted using standalone 
versions of each particle model to investigate their applicability. While 
similar results were achieved for very small, thermally thin particles 
with both models, the UCM leads to a strong deviation predicting a too 
fast pyrolysis rate for the particle size typically employed in fluidized 
bed biomass gasification. This clearly shows that the UCM is not appli
cable in typical FBBG conditions, even though almost all studies in 
literature are based on this simplified approach. Gasification of the 
remaining char is predicted in a similar way for both models, as for the 
investigated particle size, rather small gradients are present during 
gasification. However, the huge difference during pyrolysis when using 
the UCM and the PCM in combination with the particle movement leads 
to a rather different distribution of source terms at the reactor level 
when employing the two models in a multi-scale simulation. Especially 
for large reacting particles where gradients inside particles occur, the 

UCM leads to strong deviations and should not be used without a 
correction factor. These effects strongly influence the local concentra
tion of gas species inside the reactor which is essential for the devel
opment and optimization of such a plant. This is especially relevant 
when, for instance, the tar concentration is investigated, which is crucial 
for biomass gasification. Therefore, the simplified approach using the 
UCM should not be used under such conditions as it predicts an incorrect 
gas distribution inside the reactor and can lead to misleading conclu
sions. When compared to the gases released during pyrolysis of the fresh 
biomass particles, source terms of char gasification are distributed much 
more evenly with a slight increase at the top of the bed correlating with 
the distribution of char particles in the reactor. 

Experimental validation of such phenomena inside the reactor is 
difficult as the measurement of the required data in the bed is quite 
complex and can hardly be found in literature. Therefore, future 
experimental work should focus on more detailed measurement data 
necessary for the validation not only at the gasifier outlet but also inside 
the reactor. Nevertheless, the modelling results clearly show that the 
PCM is required to achieve an accurate description of the particle con
version inside the bed and it is very well suited to be coupled to the 
reactor scale with only a minor increase of calculation time of about 20 
% when compared to the UCM. In this study, the feasibility to employ 
the PCM in a FBBG plant of relevant scale was shown for the first time 
while the deviations when using a simplified approach were investi
gated. Furthermore, the employed approach allows to further improve 
the description of the particle level via the implementation of more 
detailed chemistry in an easy manner. The detailed particle model has 
already been extensively tested for fluidized bed pyrolysis [15] and 
gasification [25], where it showed great flexibility and good agreement 
with experimental data. These promising results support a flexible 
application of the coupled multi-scale model at different operation 
conditions and when employing different feedstock in various gasifica
tion reactors in future work. The UCM is generally not suited to model 
FBBG as it cannot accurately describe biomass conversion at these 
conditions. It is possible to use a scaling factor to correct the error of the 
UCM. However, this scaling factor needs to be calibrated for different 
operating conditions as well as for different particle size and shape 
which makes this approach much less flexible. In combination with a 
more detailed description of tar cracking at the reactor level, this will 
allow to better describe the behavior of the tars in future modelling 
studies. Besides, the general structure and methodology of the devel
oped approach can be employed for other fluidized bed technologies 
where particle gradients are relevant. 
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